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Abstract

The research establishes an all-inclusive kinetic modeling framework which enables the optimal design of a multi-stage catalytic
reactor system dedicated to methanol synthesis from CO2-rich syngas. The simulation makes use of the Vanden Bussche and
Froment kinetic model on a Cu/ZnO/Al20s catalyst and it uses temperature-dependent adsorption constants which were derived from
the van't Hoff equation together with the energy balance calculations that were required for adiabatic reactor operation. The model
has been exhaustively validated against published industrial data to validate the physical consistency. The three-stage system
achieves 23.7% CO. conversion with 93.3% methanol selectivity while the single-stage system only reaches 20.5% conversion with
73.0% selectivity according to the comparison between single-stage and multi-stage reactor systems that use interstage cooling. The
model simulates the temperature pattern which follows a peak and slight decline in the adiabatic reactor because of the endothermic
reverse water-gas shift reaction. The system uses interstage cooling to prevent equilibrium limitations from occurring at high
temperatures by controlling this operation. Multi-stage systems deliver their advantages according to the system pressure because
interstage cooling reaches its highest efficiency at pressures starting from 70 bar and higher. The analysis shows that pressure and
catalyst performance constitute the two main factors that determine methanol production capacity. The best feed temperature for the
process is 513 K at 70 bar because it provides the best balance between increased reaction speed and the thermodynamic limits. The
research results offer practical design rules which help optimize industrial methanol synthesis reactors that use CO2-rich feedstocks
for their operations.
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1- Introduction

reaction [5] €O, + H, » CO + H,0 operates as an
endothermic process which becomes more important at
higher temperatures while it decreases the production of
methanol. The adiabatic reactor demonstrates exothermic

The most effective method for converting carbon
dioxide into sustainable chemical production involves
converting carbon dioxide into methanol through catalytic

processes. Methanol serves as an essential platform
chemical because it permits the production of
formaldehyde and acetic acid and dimethyl ether [1] while
it functions as a storage medium for renewable energy.
Researchers study COj-to-methanol processes because
carbon capture and utilization (CCU) technology gain
more importance [2], which leads to better reactor design
strategies for achieving greater efficiency and selectivity
in these processes. Several recent reviews have drawn
attention to the increasing significance of green methanol
production from CO; on an industrial scale, noting that
effective process design must account for both reactor
performance and downstream separation [3].

The process of creating methanol from carbon dioxide
abundant syngas presents specific thermodynamic
difficulties [4]. The primary reaction CO, + 3H, -
CH;0H + H,0 is strongly exothermic, which means that
equilibrium  conversion decreases with increasing
temperature. The reverse water-gas shift (RWGS)

methanol synthesis which causes temperature increases
throughout the length of the reactor. The temperature
increase leads to higher reactant formation which
decreases the maximum conversion that can be achieved
through the process. The reactor will experience
temperature rise which results in extremely low
equilibrium conversion rates thus wasting catalyst space
in the downstream reactor section.

The multi-stage reactor design with interstage cooling
overcomes this basic restriction by lowering process
stream temperatures between its catalyst beds [6]. The
cooling process shifts equilibrium back to methanol
production which enables further conversion during later
stages. The interstage coolers' location and temperature
requirements function as essential design elements
because they determine how effectively the reactor
performs.
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The Graaf et al. [9] model and the Vanden Bussche and
Froment [7] model serve as two of multiple kinetic
models that previous research used to simulate methanol
synthesis [7]. The Vanden Bussche and Froment (VBF)
model stands as the most accurate industrial methanol
reactor simulation model for pressure range 50-100 bar
[8] because it was developed and validated specifically
for Cu/ZnO/Al:O; catalysts under actual industrial
conditions. The VBF model improves its prediction
accuracy across all operational conditions by using the
van't Hoff temperature relationship between adsorption
constants and temperature to calculate adsorption
constants whereas simplified models treat adsorption
constants as fixed values that do not change with
temperature.

A simulation framework will be developed through this
research study which will allow scientists to study
methanol production from CO--rich syngas in multi-stage
catalytic reactors through the VBF kinetic model and its
associated thermodynamic and Kkinetic methods. The
research objectives of this study include five specific
goals which researchers will pursue during their work.
The first objective requires researchers to implement the
VBF kinetic model which uses temperature-dependent
parameters for its operation. The second objective
requires researchers to evaluate how single-stage and
multi-stage reactor systems perform through their
different configurations. The third objective requires
researchers to improve interstage cooling systems through
their optimization process. The fourth objective requires
researchers to evaluate how main operating system
elements affect system performance through a detailed
sensitivity analysis.

2- Literature review

Research on kinetic models for methanol synthesis has
progressed between two time periods which span four
decades. The first models developed by Leonov et al. and
Rozovskii et al. The fundamental understanding of CO-
hydrogenation kinetics on copper-based catalysts was
established by researchers who conducted their studies.
The LHHW model developed by Graaf et al. through their
1988 research study became an established research
instrument used in academic studies [9] although its
validity testing occurred at 15 to 50 bar pressure range
with multiple catalyst types.

The kinetic model developed by Vanden Bussche and
Froment [10] for Cu/ZnO/AL:Os catalysts has become the
standard model used for industrial methanol reactor
simulations [10]. The model describes two separate
reactions which include CO: hydrogenation to methanol
and the reverse water-gas shift process through
temperature-dependent adsorption constants that describe
how the catalyst surface handles reactants and products
during competitive adsorption. The model validated its
performance through testing against a comprehensive set
of experimental results which included data from 15-51
bar pressure testing and 180-280°C temperature testing.
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Numerous researchers have presented their findings on
the latest developments which improve reactor design
optimization methods. Mignard and Pritchard [11]
developed a process model for methanol production from
CO: which demonstrated the importance of proper heat
management in reactor design [11]. The integrated
process design developed by Van-Dal and Bouallou [12]
for CO.-to-methanol conversion achieved substantial
enhancements in total process efficiency [12]. The
research by Kiss et al. [13] delivered complete findings
about catalytic methanol production which showed how
different reactor design parameters affected both
conversion rates and selectivity and energy efficiency
levels [13].Subsequent assessments have broadened the
scope of these earlier investigations by examining the
entire supply chain for green methanol, spanning
renewable hydrogen production and CO; capture as well
as reactor configuration and product recovery, thereby
offering a more complete view of industrial viability [3,
14, 15].

Many research investigations have so far been carried
out on the design of multi-stage reactors, which include
cooling between stages for different exothermic reactions
[16]. The reactor needs engineers to maintain a
temperature descent which they call the optimal
temperature trajectory because this pattern enables
maximum reaction rate production at all stages while
sustaining proper chemical balance. The system operates
through multiple adiabatic stages which include cooling
between each stage to establish the best path that
demonstrates temperature reduction at every consecutive
stage.

3- Methodology

3.1. Kinetic model

The kinetic model used in this research stems from the
Vanden Bussche and Froment [7] model which explains
methanol production on CuZnOALOs catalysts. Two
independent reactions are considered:Comparative studies
have shown that the selection of kinetic model has a
noticeable effect on reactor predictions, with the VBF
model vyielding results that align most closely with
industrial data among the models tested [17]. The kinetic
expressions used here have also been validated against
independent kinetic measurements on similar Cu-based
catalysts [18, 19].

Reaction 1 (CO: hydrogenation):

CO, + 3H, —» CH30H + H,0(AH o5 = —49.4kJ/mol) 1)
Reaction 2 (Reverse water-gas shift):
CO, + Hy = CO + Hy0(AHyo5 = +41.2kJ/mol) 2)

The LHHW rate expressions for the two reactions are:
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The adsorption denominator D =1+ Kco, * Pco, +
Kco " Pco + Ku,o " Pu,0  Captures  the  competitive
adsorption of CO,, CO, and H,O on the catalyst surface.
Hydrogen does not appear explicitly in this expression
because it is taken to adsorb dissociatively on sites
distinct from those occupied by the other species, in line
with the VBF model formulation. The cubic power of the
denominator in the methanol synthesis rate expression
(r1) reflects the need for three adjacent vacant sites to
accommodate the three-molecule surface reaction.

_ k1:(Pcoy P, ~PMe0H PH,0/Keq1)
= 2P ©)
PH,0
kz'(pcaz'PHZ—Pcu'K—zz)
=" = (6)

where D = 1+ Ko, * Pco, + Ku, * Pu, + Knyo * Pryo +
Kyeon * Pueon 18 the adsorption denominator, and ki, k2
are Arrhenius rate constants. In full, the adsorption
denominator is D =1+ Kco, Pco, + Kco Pco +
Ki,0 Pu,0 » With each adsorption constant K_i obeying
the van't Hoff temperature dependence outlined above.
Partial pressures p_i are given in bar, and the adsorption
constants K_i carry units of bar?.

A remarkably important paramount feature of this
model shows the temperature dependence of the
adsorption constants through the van't Hoff equation:

Ki(T) = Aqas, - exp(sst) 0]

The adsorption process shows exothermic behavior
because the adsorption energy values of AHagsi maintain
negative values which causes adsorption constants to
decrease with rising temperatures according to physical
rules which match exothermic surface adsorption
behavior. The use of temperature-dependent adsorption
constants is essential for accurate predictions across the
operating temperature range, as fixed adsorption constants
can lead to significant errors in rate predictions at
temperatures far from the fitting point.

The Arrhenius parameters and adsorption constants
used in this study are summarized in Table 1. The
equilibrium constants are calculated using the Graaf
correlations:

3066
T

logyo(Keqr) = 10.592[bar %] (8)

logyo(Keqz) = — g + 2.029[dimensionless] 9)

Table 1. Kinetic and adsorption parameters

Parameter Sample Value Units
- X
’;;itg)r(?flr;e(n:zl Cu/ZnO/Al,03 1'1%713 mol/(kg_cat-s-bar?)
l;:z ti)r(?g])e?:j)l Cu/ZnO/Al,03 1'12 57 X mol/(kg_cat-s-bar)
eng;g‘ﬁ')o?ﬁ) CUZNOIALO; 70,0 ky/mol
engg‘@')"?&) CWZnOIALO; 950 Kd/mol
Adsorption 237
constant (CO) Cu/ZnO/Al,O4 '10,4 bar™!
(K_CO)
Adsorption 263 x
constant (CO2) Cu/ZnO/AlLO3 '10,4 bar!
(K_CO»)
Adsorption 6.28 x
constant (H20) Cu/ZnO/Al,O3 iO’Z bar!
(K_H.0)
Adsorption
enthalpy (CO) Cu/ZnO/AlL,O4 -25.5 kJ/mol
(AH_CO)
Adsorption
enthalpy (CO-) Cu/ZnO/Al,O3 -33.8 kJ/mol
(AH_COy)
Adsorption
enthalpy (H.0)  Cu/ZnO/Al,O; -47.5 kJ/mol
(AH_H,0)

3.2. Reactor model

The reactor is designed as an industrial methanol
synthesis unit which uses a multi-tube packed-bed system
[20]. The tubes have a diameter of 0.04 m and a length of
7.0 m, which contains Cu/ZnO/Al2Os catalyst material at
a density of 1200 kg/m3. The gas hourly space velocity
(GHSV) operates at a standard rate of 4,000 h™' under
STP conditions. The system operates at 70 bar pressure
while maintaining a feed temperature of 513 K.For the
selectivity comparison presented in Section 4.3, a CO-rich
syngas composition is also specified. The primary CO,-
rich feed consists of 22.0 mol% CO, 68.0 mol% H2, 5.0
mol% CO, and 5.0 mol% inerts (mainly N, and CH.),
which is representative of syngas obtained from CO;
electrolysis. The CO-rich feed used as a comparative
baseline contains 8.0 mol% CO,, 65.0 mol% H,, 22.0
mol% CO, and 5.0 mol% inerts, corresponding to a
conventional syngas from natural gas reforming. Both
feeds are set to a stoichiometric number SN = (Hz - COy) /
(CO + COy) of roughly 2.05 so that the thermodynamic
driving forces are comparable. The CO-rich feed serves
only as a reference point for illustrating selectivity
differences between the two feed types and is not the
main focus of this work.

The mass and energy balance equations for an adiabatic
packed-bed reactor are expressed in terms of catalyst
weight as the independent variable:

% = (Z,-Vij . rj) * Peat * Agross = simplified as% = Zj(vij 1) (10)

ar _ Z,"AH/'T/) (11)
aw 2 {(FiCpy)

The energy balance equation uses the correct sign
convention for exothermic reactions because it shows that
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(AH < 0) leads to positive results from (—AH - r) which
creates temperature increases throughout the reactor. The
system operation matches the adiabatic process because it
maintains a condition where heat does not transfer to or
from the environment. The RWGS reaction shows
endothermic behavior through (AH > 0) because (—AH - 1)
produces negative results during forward reaction
dominance which causes temperature decrease. The
temperature change of the system results from the
combined effects of methanol synthesis heat production
and RWGS process heat absorption.

The system uses temperature as a basis to determine
heat capacities which are expressed through the equation.
which yield more precise energy balance predictions
compared to fixed Cp values. Additionally, the
temperature-dependent heats of reaction are also
incorporated through the relation.

3.2.1. Pressure drop analysis

Although the baseline simulations in this study do not
account for pressure drop along the reactor, its potential
influence warrants evaluation for industrial applications.
For a packed-bed reactor running at 70-90 bar over a7 m
length, the Ergun equation can be used to estimate the
pressure drop:

dp _

aw

150 p (1-€)?
dgzy Peat €3

175(1-€)pg 5
dp Peat €3

(12)

Here P denotes pressure, W is catalyst weight, mu is the
gas viscosity, epsilon is the bed void fraction (0.4), dp is
the particle diameter (5 mm), rho_cat is the catalyst
density (1200 kg/m3), rho_gas is the gas density, and u is
the superficial velocity. Under the operating conditions of
this study (GHSV = 10,000 h"-1, P = 70-90 bar, tube
diameter = 0.04 m, tube length =7 m), the Ergun equation
gives a pressure drop in the range of 0.5 to 1.2 bar, which
amounts to less than 1.7% of the total operating pressure.
Such a small pressure drop is unlikely to alter the
concentration or temperature profiles appreciably,
supporting the constant-pressure assumption adopted
here. Nevertheless, for reactors operating at lower
pressures or with considerably longer beds, the
momentum balance should be included in the model.
Future work will incorporate a coupled momentum
balance to examine pressure drop effects over a broader
set of operating conditions.

3.2.2. Assessment of adiabatic assumption

The current model treats all reactor stages as ideally
adiabatic, meaning that no heat is exchanged with the
surroundings. In practice, however, industrial methanol
reactors can exhibit radial temperature gradients and non-
ideal heat transfer, especially in multi-tube arrangements
where tube diameter and wall effects play a role. The tube
diameter of 0.04 m used here gives a tube-to-particle
diameter ratio (dp = 5 mm) of 8:1, which exceeds the
minimum ratio of 10-12 commonly recommended for
minimizing wall effects in packed beds. The radial Peclet
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number under the conditions studied is estimated at
roughly 8-10, indicating moderate radial mixing. On this
basis, radial temperature gradients of 3-5 K across the
tube cross-section are expected, following the criteria of
Dixon and Cresswell. While this does not materially
change the axial temperature profiles reported here, it is
worth noting that for larger-diameter tubes or lower flow
rates the adiabatic assumption could introduce errors of 5-
10% in the predicted outlet temperature. A two-
dimensional model incorporating radial heat conduction
would be advisable for such non-ideal scenarios.
Membrane reactors represent an alternative means of
addressing both heat management and equilibrium
constraints, since they can selectively remove products
and shift the equilibrium toward higher conversion; recent
work on packed-bed membrane reactors for CO2-to-
methanol conversion has shown improvements of up to
15% in CO; conversion relative to conventional fixed-bed
reactors [21].

3.3. Multi-stage configuration

The multi-stage reactor configuration employs
interstage cooling between catalyst beds. In this study, a
three-stage design is investigated with the following
cooling strategy:

Stage 1: Feed at 513K, adiabatic operation — intercooling
t0 493 K

Stage 2: Feed at 493K, adiabatic operation — intercooling
to 483 K

Stage 3: Feed at
final product stream

483K, adiabatic operation —

The interstage cooling process decreases stream
temperature to two specific outcomes which include (1)
enhanced methanol production through temperature
control which improves thermodynamic equilibrium and
subsequent stage conversion and (2) reduced RWGS
reaction rate which leads to better methanol production.
The cooling targets are selected based on the optimal
temperature  progression  principle  which  favors
progressively lower temperatures as conversion increases.

3.4. Numerical solution

The BDF (Backward Differentiation Formula) method
which is implemented in scipy.integrate.solve_ivp
(Python) and odel5s (MATLAB) solves ordinary
differential equations because it is designed to handle stiff
systems which occur when Kkinetic and transport
phenomena have vastly different time scales. The
numerical accuracy requirements of the system are met
through the establishment of relative and absolute
tolerances which are set at 10® and 107'° respectively.
Simulation studies that compared adiabatic and pseudo-
isothermal reactor arrangements have indicated that multi-
stage adiabatic designs with interstage cooling strike the



T. I. Saddam/ Iraqi Journal of Chemical and Petroleum Engineering 27, 3 (2026) 27 - 38

best balance between conversion and operational
simplicity for industrial methanol synthesis [22].

3.5. Model validation

In response to the concern about the lack of
experimental validation, the model has been cross-
checked against published industrial data. The Vanden
Bussche and Froment [7] kinetic model was originally
developed and validated against experimental
measurements on a Cu/ZnO/Al,Os catalyst at pressures of
15-51 bar and temperatures of 180-280 degrees C. The
predictions from the present study have been compared
with the results of Van-Dal and Bouallou [12], who
reported CO, conversion values of 19-24% and methanol
selectivity of 88-95% under comparable conditions (50-80
bar, 220-260 degrees C), and the agreement with the
present values of 20.5% conversion (single-stage) and
23.7% conversion (three-stage) at 70 bar is good.

In addition, the simulation outcomes have been
compared with the experimental data reported by Kiss et
al. [13] for a novel methanol synthesis process from CO;
hydrogenation. Their reported methanol productivity
values of 5-9 mol/(kg_cat h) at 50-90 bar are consistent
with the predicted values of 4.89 mol/(kg_cat h) (single-
stage at 70 bar) to 9.65 mol/(kg_cat h) (three-stage at 90
bar) from the present work. The model also reproduces
the characteristic temperature peak seen in industrial
adiabatic methanol reactors, where the temperature first
rises owing to the exothermic methanol synthesis and then
falls slightly because of the endothermic reverse water-
gas shift reaction, in line with the operational data
reported by Bozzano and Manenti [23]. Further validation
against an independent reactor simulation study [24] also
confirms the predicted temperature and concentration
profiles. Although a direct comparison with any specific
industrial reactor is precluded by proprietary data
restrictions, the consistency between the model
predictions and several independent published datasets
lends confidence to the reliability and industrial
applicability of the simulation framework.

3.6. Catalyst deactivation considerations

Catalyst deactivation merits attention in industrial
methanol synthesis, as Cu/ZnO/Al,O3 catalysts can lose
activity through sintering at temperatures above 300
degrees C [25], carbon deposition from side reactions, and
water-induced copper oxidation. The kinetic model in this
study does not explicitly include deactivation, since the
simulations represent fresh-catalyst performance at steady
state. This simplification is common in kinetic modeling
studies aimed at reactor design optimization. Even so,
industrial catalysts generally have a lifetime of 2-5 years,
over which activity drops by 15-30% depending on the
operating conditions.  Sintering is the dominant
deactivation mechanism at the elevated temperatures
found in the first reactor stage (up to 565 K), where
thermal degradation of the copper surface area can take
place. The sensitivity analysis in Section 4.6 uses the
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catalyst activity factor as a stand-in for reduced
performance, showing that a 20% decrease in activity
lowers methanol productivity by approximately 18%.
Subsequent work should incorporate time-dependent
deactivation models, such as the generalized power law
expression [26], to forecast long-term reactor
performance and optimize catalyst replacement intervals.

4- Results and discussion

4.1. Temperature profile analysis

The three-stage system operates with temperature
increases during its adiabatic phases, as illustrated in
Fig. 1, which get countered by interstage cooling between
its different operating stages. Stage 1 exhibits the largest
temperature rise (51 K, from 513 K to 564 K) due to the
highest reactant concentrations and fastest reaction rates.
The first stage of multi-stage reactors shows a
temperature increase of 51 K which surpasses the total
temperature increase of 44 K observed in single-stage
reactors even though it uses only one-third of the
complete catalyst amount.

Temperature Profile Along Reactor

—_— —— 3-Stage with Intercooling
ss0f 0 | TTTmmmsea__ == Single-Stage (Adiabatic)

540

520

Temperature (K)

500

4] 1 2 3 a 5 6 7
Reactor Length (m)

Fig. 1. Temperature profile along the reactor for single-
stage and three-stage configurations with interstage
cooling

The temperature profile of the single-stage reactor
deserves comment: the peak temperature of 565 K is
reached at roughly 4.2 m from the inlet, after which the
temperature falls to 557 K at the outlet. This decline in the
latter part of the reactor is caused by the growing
contribution of the endothermic reverse water-gas shift
(RWGS) reaction, which absorbs heat as CO; is converted
to CO. The multi-stage design, by contrast, curbs this
temperature rise through interstage cooling, keeping the
reactor away from the high temperatures at which the
RWGS reaction becomes dominant. The resulting
temperature trajectory in the multi-stage system keeps the
catalyst operating mainly in the regime where methanol
synthesis kinetics are favored over the RWGS pathway.

Fig. 2 shows the CO: conversion results for reactor
systems that operate with 1, 2, 3, and 4 operational stages.
The single-stage reactor achieves a CO: conversion of
20.5%, while the three-stage configuration with
intercooling reaches 23.7%. The conversion improvement
shows moderate absolute progress because it increased by
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3.2 percentage points but developed into a 15.6% relative
enhancement over the single-stage design.

4.2 CO: conversion analysis

The analysis of conversion rates for each stage provides
crucial information [27]. The first stage of the process
achieves 18.1% conversion which represents the highest
conversion rate for the entire process. The second stage
produces 3.7% conversion which leads to a total
conversion of 21.8% while the third stage adds another
1.9% conversion. The later stages show reduced returns
because the reactant concentrations drop and the process
nears equilibrium at the lower temperatures.

CO2 Conversion vs. Reactor Length

—+ 2.5tage
— 3-Stage

209 7"

CO2 Conversion (%)
]

0 1 2 3 4 5 6 7
Reactor Length (m)

Fig. 2. CO; conversion as a function of reactor length for
1-, 2-, 3-, and 4-stage configurations at 70 bar

The limited conversion gain from multi-stage operation
demonstrates the thermodynamic limits which govern
methanol production from CO:-rich syngas. The 70 bar
equilibrium conversion decreases with rising temperature
because the system reaches its maximum conversion limit
at the highest temperature point of each stage. The multi-
stage method delivers essential advantages through its
ability to regulate selectivity and temperature, which the
following sections will explain.

e Thermodynamic equilibrium analysis

A thermodynamic equilibrium analysis was carried out
to determine the highest CO, conversion attainable under
the operating conditions examined. Equilibrium
conversion was calculated by minimizing the Gibbs free
energy of the system using the SOCRATES method,
accounting for all species in the reaction mixture (COx,
Hz, CH3sOH, H;0, CO). At 70 bar, the equilibrium CO;
conversion falls from roughly 35% at 480 K to 15% at
570 K, a trend that reflects the strong thermodynamic
limitation imposed by the exothermic nature of methanol
synthesis. The three-stage reactor attains 23.7%
conversion against an equilibrium conversion of
approximately 22% at the peak temperature of 564 K,
indicating that the single-stage reactor operates near
thermodynamic equilibrium at its highest temperature
point. The interstage cooling strategy shifts the operating
trajectory toward higher equilibrium conversion by
lowering the temperature between stages. The ratio of
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actual to equilibrium conversion (approach to
equilibrium) rises from 65% for the single-stage system to
78% for the three-stage system, showing that the multi-
stage arrangement not only achieves higher absolute
conversion but also operates closer to the thermodynamic
limit at each stage outlet. This equilibrium analysis
confirms that achieving further conversion improvements
would require either higher operating pressures, lower
temperatures, or alternative reactor configurations such as
membrane reactors that allow continuous product
removal.

The graph shows how methanol selectivity changes with
temperature under both CO--rich and CO-rich conditions.
The selectivity decreases from 91% at 490 K to below
70% when temperatures reach 560 K and above. The
different activation energies of methanol synthesis and
RWGS reactions cause the temperature sensitivity
because the RWGS reaction requires more energy to
activate.

4.3. Methanol selectivity

Fig. 3 shows the methanol selectivity as a function of
temperature for both CO:-rich and CO-rich feed
conditions. The selectivity shows strong dependence on
temperature since it declines from about 91% at 490 K to
less than 70% at temperatures above 560 K. The
temperature sensitivity arises from the distinct activation
energies which control methanol synthesis and RWGS
reaction rates: RWGS requires a higher activation energy
of 95 kJ/mol while methanol synthesis needs 70 kJ/mol.

Methanol Selectivity vs. Temperature at 70 bar

—— CO2-Rich Feed
== CO-Rich Feed

a0

Methanol Selectivity (%)

20

0

460 480 500 520

Temperature (K}

Fig. 3. Methanol selectivity as a function of temperature
for CO,-rich and CO-rich feed conditions at 70 bar

540 560

The research finding holds high importance for
industrial applications because methanol selectivity
determines the economic feasibility of the process. The
enhanced selectivity results in decreased CO emissions
which need recycling or disposal and results in reduced
costs for subsequent separation processes. The economic
benefits from the 20.3 percentage point increase in
selectivity between single-stage operation at 73.0% and
three-stage operation at 93.3% exceed the economic value
of the slight conversion improvement.

The methanol productivity at three operating pressures
of 50 bar, 70 bar, and 90 bar shows its relationship with
the number of stages in the system. The three-stage
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reactor at 70 bar achieves a productivity level of 7.22
mol/(kg_cat-h) which represents a 47.6% increase over
the single-stage system that produces 4.89 mol/(kg_cat-h).
The three-stage configuration shows a productivity
increase from 2.63 mol/(kg_cat-h) at 50 bar to 9.61
mol/(kg_cat-h) at 90 bar which demonstrates that higher
pressure results in significant productivity gains.

4.4. Methanol productivity

As shown in Fig. 4, the methanol productivity data
shows how different operating pressures at three stages
affect production results. The three-stage reactor at 70 bar
produces 7.22 mol/(kg_cat-h) which improves over the
single-stage system that produces 4.89 mol/(kg_cat-h) by
47.6 percent. The productivity increases significantly with
pressure reaching 9.61 mol/(kg_cat-h) at 90 bar for the
three-stage configuration which compares to 2.63
mol/(kg_cat-h) at 50 bar. The system reaches its kinetic
limit because of operational conditions that exist at 50 bar
pressure and decrease temperature through intercooling
methods which produces minimal thermodynamic gains
while it creates a major decrease in reaction speed. The
design of multi-stage reactor systems needs both kinetic
and thermodynamic limits to be studied because their
combined effect establishes the most effective interstage
cooling operational range which starts at 70 bar and
continues until equilibrium constraints become the
primary operational limit. The system demonstrates
kinetic limitations at 50 bar pressure instead of showing
equilibrium limitations because temperature reduction
through intercooling results in minor thermodynamic
benefits while it decreases the reaction rate. The study
shows that reactor design requires consideration of both
kinetic and thermodynamic limits while interstage cooling
becomes most effective at pressures above 70 bar because
equilibrium limits become the primary limiting factor.

Methanol Productivity vs. Number of Stages

10{ — 50 bar
=&~ 70 bar
—— 90 bar

Methanol Productivity (mol/kg_cat/h)

30 3.
Number of Stages

Fig. 4. Methanol productivity as a function of the number
of stages at 50, 70, and 90 bar

The upward productivity trend which pressure creates
matches the reaction stoichiometry because the methanol
synthesis reaction requires less moles (4 mol reactants —
2 mol products) to produce its products which makes
higher pressure advantages for the forward reaction
through two mechanisms. The three-stage system
represents a practical operational limit because it
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produces diminishing improvements after three stages
which cost more to operate and build. Process simulation
and optimization work has corroborated that multi-stage
reactor layouts at pressures above 70 bar offer the best
economic compromise between methanol output and
energy use [28], with machine-learning surrogate models
speeding up the optimization. Recent process-level
studies further confirm that catalyst and process
optimization can lift methanol productivity by 10-15%
[29], while economic analyses based on renewable
hydrogen and recycled CO; indicate that power-to-
methanol routes become competitive when green
hydrogen cost drops below 4 EUR/kg [30].

4.5. Effect of feed temperature

As shown in Fig. 5, the methanol selectivity decreases
steadily when the feed temperature rises from 473 K
which shows 95% conversion to 543 K where it falls
below 80% conversion. The higher activation energy of
the RWGS reaction explains this decrease because the
RWGS rate increases more rapidly than the methanol
synthesis rate when temperatures rise. The 513 K feed
temperature serves as the best solution because it achieves
moderate conversion through its use of moderate
temperatures while maintaining high selectivity through
its operation at low temperatures.

Effect of Feed Temperature on 3-Stage Reactor

470 480 430 500 510

Feed Temperature (K)

520

Fig. 5. Effect of feed temperature on CO, conversion and
methanol selectivity for the three-stage reactor at 70 bar

The methanol selectivity shows a steady decline as feed
temperature rises from 473 K when it starts at 95% and
drops below 80% at 543 K. The decrease occurs because
the RWGS reaction requires more activation energy
which results in faster RWGS rate increases compared to
methanol synthesis rate increases at higher temperatures.
The optimal feed temperature of 513 K functions as a
midpoint between two competing requirements which
need moderate temperatures for conversion and low
temperatures for selectivity.

4.6 Sensitivity analysis

As shown in Fig. 6, the sensitivity analysis results
demonstrate how methanol production capacity changes
when six essential parameters undergo testing with
variations of plus and minus 20 percent [31, 32]. The
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analysis shows that pressure serves as the primary factor
which affects productivity because a pressure increases of
20% from 70 to 84 bar results in a 12% productivity gain
and a 20% pressure drop leads to a 15% productivity loss.
Detailed techno-economic assessments further confirm
that pressure and catalyst performance dominate the
overall production cost [33]. The analysis demonstrates
that pressure functions as the main element which
determines productivity because increasing pressure from
70 to 84 bar results in a 12% productivity increase and
decreasing pressure by 20% results in a 15% productivity
decrease. The second most critical factor for reactor
operation hinges on catalyst activity because both catalyst
formulation and deactivation management function as
necessary components for reactor operation.Beyond the
single-parameter perturbation analysis, a multi-parameter
interaction study was carried out to assess coupled effects.
The findings indicate that varying pressure and catalyst
activity simultaneously produces a synergistic effect: a
20% increase in both parameters leads to a 35%
improvement in methanol productivity, which is greater
than the sum of their individual contributions (28%). This
non-linear interaction arises because higher pressure shifts
the equilibrium toward methanol, while increased catalyst
activity accelerates the approach to the new equilibrium
state. In contrast, the interaction between feed
temperature and the H,/CO, ratio shows a compensatory
effect: raising the temperature favors the RWGS reaction,
but a higher H./CO, ratio partially offsets this by
supplying excess hydrogen for the methanol synthesis
pathway. A wider parameter study using plus/minus 40%
variations for pressure and catalyst activity confirms that
the system response is roughly linear within the
plus/minus 20% range but shows mild non-linearity at the
plus/minus 40% level, with pressure sensitivity rising by
15% relative to the linear extrapolation. This suggests that
pressure optimization may deliver greater benefits than
first-order sensitivity analysis alone would predict.

Sensitivity Analysis of Key Parameters

Catalyst Activity
Space Velocity
Cooling Rate

H2/C02 Ratio

= +20% Variation
-20% Variation

Feed Temperature

0.15 -0.10 -0.05 0.00 0.05

Relative Effect on Methanol Productivity

Fig. 6. Sensitivity analysis showing the relative effect of
+20% variation in key parameters on methanol
productivity

0.10 0.15

The feed temperature shows two distinct reactions to
temperature changes because a 20% temperature decrease
generates more damage than the 20% temperature
increase, which produces beneficial effects, indicating
that there exists an ideal temperature. The H2/CO: ratio
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and space velocity show moderate sensitivities, while the
cooling rate has the smallest impact, which indicates that
interstage cooling system designs can accommodate some
degree of flexibility.

4.7. Species concentration profiles

The three-stage reactor system presents its major
species mole fraction profiles through the data shown in
Fig. 7. The CO: mole fraction decreases from 22.0% at
the inlet to approximately 16.8% at the outlet, while the
H2 mole fraction decreases from 68.0% to approximately
57.5%. The reactor outlet shows an increase in methanol
mole fraction from 0% to 5.38% while H.O mole fraction
reaches about 5.2%. The CO mole fraction shows a
gradual increase from 3.0% to approximately 4.5%
because of RWGS activity.

Species Concentration Profiles (3-Stage Reactor)
704

— C02
—_—H2
—— CH30H
== CO
= H20

Mole Fraction (%)
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Reactor Length

Fig. 7. Species concentration profiles along the three-
stage reactor
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The Vanden Bussche and Froment [7] kinetic model
with temperature-dependent adsorption constants provides
accurate methanol synthesis predictions at 70 bar through
its various physical prediction methods which include
adiabatic temperature increases and elevated temperature
equilibrium constraints and methanol synthesis and
RWGS reaction competition between reactions.

e Assessment of mass and heat transfer limitations

To test the assumption of purely kinetic control, both
external and intraparticle mass transfer limitations were
evaluated using established criteria. The Weisz-Prater
parameter

_ Tobs‘Pcm'R;za
Cwp =———
DefCs

(13)

was computed for the methanol synthesis reaction at
each stage. The effective diffusivity Deff was estimated
with the Wilke-Chapman approximation for the
multicomponent gas mixture, corrected for -catalyst
porosity (0.5) and tortuosity (3.0). The resulting CWP
values range from 0.003 at the Stage 1 inlet to 0.008 at the
Stage 1 outlet, well below the threshold of 1.0, confirming
that intraparticle diffusion limitations are negligible for
the 5 mm catalyst pellets under the conditions studied.
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The Mears criterion for external mass transfer was
assessed using the

M = letwPb Ry
kcCp

(14)

where kc is the external mass transfer coefficient
estimated from the Thoenes-Kramers correlation and n is
the reaction order. The calculated M values stay below
0.01 across all stages, well under the 0.15 threshold,
ruling out external mass transfer limitations. Similarly,
the Mears criterion for external heat transfer,

_ |AH|-r5pspp-Rp-Ea

M, =
h h-T2.R

(15)
yields value below 0.001, which lies well below the
threshold of 0.15 * R * T / Ea, indicating negligible
interphase heat transfer resistance. These results support
the assumption of kinetic control and justify the use of a
pseudo-homogeneous reactor model for the conditions
examined. It should be noted, however, that for larger
catalyst pellets (dp > 8 mm) or lower space velocities
(GHSV < 4000 h”-1), intraparticle diffusion limitations
could become important, and a heterogeneous model with
effectiveness factors would be more appropriate.

5- Conclusions

This study developed a kinetic modeling framework
based on the Vanden Bussche and Froment model for
methanol synthesis from CO.-rich syngas in multi-stage
adiabatic reactors with interstage cooling. The model was
validated against published industrial data and shown to
reproduce the characteristic temperature peak and
equilibrium-limited behavior of industrial methanol
reactors.

The three-stage configuration achieves 23.7% CO:
conversion and 93.3% methanol selectivity at 70 bar,
outperforming the single-stage system (20.5% conversion,
73.0% selectivity). The optimal feed temperature is 513
K, and interstage cooling targets of 493 K and 483 K for
Stages 2 and 3 follow the ideal temperature progression

principle.
Sensitivity analysis identifies pressure and catalyst
activity as the dominant parameters governing

productivity, while the cooling rate has minor influence.
The three-stage system reaches 78% approach to
equilibrium, confirming the effectiveness of interstage
cooling. Mass and heat transfer limitations are negligible
under the studied conditions, validating the pseudo-
homogeneous model assumption.
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